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Introduction
The general idea which supports the coupling between exothermic
and endothermic reactions relies on the possibility to make a system
which is energetically self-sustaining; that is the exothermic reaction
should provide the necessary heat to carry out the endothermic one.
Such a coupling design is not straightforward to realize because several
are the constraints to cope with; these include the limits imposed by the
reaching of the equilibrium conditions at the prevailing temperature
of the system, the proper adjusting of the inlet streams in order to,
hopefully, correctly balance and synchronize the amounts of heat
which are produced, transferred and absorbed inside the reactor and
the attainment of working conditions able to avoid or reduce the onset
of undesired side reactions. Furthermore, also the choice and the design
of stable catalysts able to favour both endo- and exo-thermic reactions
and the need to obtain high-purity or easy to separate products, which
should be also not toxic and not dangerous for the environment,
represent additional constraints.
The technique of taking advantage of the coupling of an exothermic
source with an endothermic sink has, potentially, very broad
applications and reactor configurations are reported in the literature
to perform such a matching. According to the classification provided
by Rahimpour et al. [1] direct, regenerative and recuperative coupling
can be considered. In directly coupled systems the exothermic and
endothermic reactions occur at the same time in the same vessel: in
this case major concerns rely on the proper choice of the catalyst, which
has to favour both the reactions, and on the purification of the outlet
stream which includes products originated by both reactions. In the
regenerative flow reactors (reported also as reverse-flow reactors) the
exothermic and endothermic reactions take place in a single reactor
but not at the same time: they occur alternatively in such a way that
the latter occurs in a catalytic bed which has already been heated up
by a previous exothermic step. The continuous switching between
heating and cooling makes the temperature control of such a system
complex and prone to the formation of hot spots, which may lead to
a rapid decrease of the catalyst efficiency and to mechanical damages
of the reactor walls [2]. To further complicate the system dynamics,
washing operations may be needed in order to limit the presence of
contaminants in the outlet streams. In recuperative coupling, the
exothermic and endothermic reactions take place in adjacent chambers
of the same reactor separated by conductive walls through which the
heat is transferred from the energy-producing to the energy-consuming
reaction. Due to its design, the recuperative heat exchange can operate
both in counter-current and in co-current mode according to the
relative direction of the flow of the reactant streams and offers several
advantages with respect to the two previous configurations:
•

The output streams from the endothermic and exothermic
reactions are not mixed together;

•

For the combustion reaction air can be used instead of oxygen,
excluding, therefore the need to remove nitrogen from the
product mixture;

•

The choice of the operating parameters of the inlet streams,
such as their flow rate, concentration and temperature and
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the selection of reactant and catalyst types can be made
independently for each stream.
This paper aims to provide a review of past and recent research
activities performed to combine endothermic and exothermic
reactions. Attention has been focused on the recuperative and direct
coupling employed to process fuels in order to obtain hydrogen,
especially for a distributed use as feed for small scale fuel cells systems.
Moreover, information about reactors performance obtained in the
two configurations is reported along with the methods used to remove
CO and separate hydrogen or other high-value products through the
use of membranes. In this context, techniques employed by researchers
to study these reactors along with the role that modelling has in the
development process are also described.

Recuperative Coupling Reactors
Design
In this kind of reactor the exothermic and the endothermic
reactions occur in adjacent chambers, separated by conductive walls.
In this way heat produced in the exothermic channel may be directly
transferred to the contiguous one where the endothermic reaction
takes place.
Recuperative coupling has been proposed in the literature both as a
potential configuration to reduce the size and increase the productivity
of existing conventional industrial reactors, and as a design strategy to
develop small and very small scale systems aiming to work as portable
devices to produce energy. It has been reported that the performance of
some large scale reactors having a tube and shell heat exchanger [3-11]
(Figure 1) or a concentric tubular configuration may be significantly
increased by turning them into a recuperative configuration [12-17].
Here, the endothermic reaction generally occurs in the tube side and the
exothermic reaction in the shell side, which, additionally, may include
a multi-pass configuration for heat recovering and fuel pre-heating
[15]. The catalyst inside this kind of devices can be supported on foam
but it is, generally, arranged as fixed bed on both sides [16]. However,
a fluidized bed configuration to reduce heat and mass transport
limitations has been also considered [8-10,18]. The application of the
recuperative configuration on small scale has led to the development of
micro-reactors and micro-structured plate reactors. According to their
name, they denote devices developed to pursue a process intensification
strategy aiming at marked ly reducing the size of the reacting system
achieving, at the same time, a given production objective [19].
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Figure 1: Recuperative coupling configuration for a tube and shell reactor
configuration. Adapted from [5].

Consequently, applied micro-technology gave the possibility to realize
relatively low-weight portable devices able to combine several processes
inside a single system [20-24].
Literature references indicate that micro-reactors and microstructured plate reactors differ substantially for the shape. The
former are designed as cylindrical devices where heat produced by
an inner combustor sustains the endothermic reaction occurring in
a thin annular space surrounding it [25-27] or, may be constituted
by the joining of several rectangular micro-channels arranged in
such a way to form a network where the reforming channels are
interspersed with the combustion ones [28,29]. The micro-structured
plate reactor configuration (Figure 2) is, instead, generally formed
by parallel thin plates delimiting chambers where exothermic and
endothermic reactions occur simultaneously but separately in space
[30-46]. Micro-structured reactors have, generally, inner dimension
lower than one millimetre, and more specifically between ten and a
hundred micrometers. Moreover, their design has to make possible
the introduction/substitution of the catalytic materials and, in some
cases, the insertion of a selective membrane, and must have, at the
same time, low costs of manufacture. The main feature of these systems,
in comparison with ordinary chemical reactors, is a much higher
surface to volume ratio. This factor, along with the choice of materials
with high thermal conductivity, allows for a high heat-exchange rate
able to limit the formation of hot spots and to favour the dissipation
of the heat produced in the exothermic channel. The catalysts for the
heat absorbing reaction (for instance: reforming) and for the heat
generating one (for instance: combustion) are, generally, wash coated
[23,35,37,44,45] on the opposite faces of metallic slabs delimiting
the chambers of the reactor. Therefore, the actual reactor space is the
slab over which both mass and heat transfer and chemical reactions
occur while the channel acts only as a duct. In many cases before of
the coating treatment, the metallic slabs are properly processed [4749] to favour the adhesion of the catalytic layer. In these systems, a
multi-pass configuration for the pre-heating of the streams entering
the reactor [44] along with a design able to enhance the control of the
temperature inside the reforming chamber has been also employed.
Specifically, Venkataraman et al. [44] adopted a reactor configuration
where the endothermic channel is longer than the exothermic one: this
is helpful in decreasing the downstream temperatures so to enhance the
conversion of side reactions occurring in this channel (i.e., water gas
shift reaction).
The micro-structured plate configuration can be easily scaled-up
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just repeating, in space, the single unit shown in Figure 2; in this way the
advantage of an invariant performance of the system with the capacity
is obtained in front of a linear increase in the cost for the scaling-up
[24,44,48]. Monolithic catalytic reactors [50-53] represent another
possible configuration for such systems. They have a tubular jacketed
design in which the catalyst is wash coated on a metallic honeycomb
monolith, both in the tube and in the shell space. With respect to
conventional fixed bed catalytic arrangements, they are characterized
by a negligible pressure drop and by a very limited transport
resistance inside the catalytic pore structure. However, high costs and
complications for loading, packaging, sealing and unloading make
their use quite limited [54]. A design enhancement in the recuperative
coupling configuration is the inclusion of a selective membrane,
which allows the increase of the yield of the desired products and/or
enhances the conversion of a reactant even above the equilibrium value.
A selective membrane gives the advantage to operate a continuous
removal of one of the reaction products, shifting, at the same time,
the equilibrium of the reaction towards its formation: i.e. this way of
proceeding may be useful for obtaining a high-purity hydrogen stream
from the endothermic side of a system and/or for removing carbon
dioxide so to increase the conversion of CO in the water gas shift
reaction. The membrane separates the channel containing the products
stream from another channel (permeate side) in which the product of
interest is collected. An auxiliary gas stream (sweep gas), generally N2
or Ar, flows in the permeate channel of the system to carry outside the
recovered species. As the flow rate of the sweep gas is increased, the
partial pressure of the product inside the permeate channel decreases;
this leads to an increment in the driving force across the membrane
and, therefore, to an enhancement in the species recovery. However,
apart from the disadvantage to obtain an increasingly dilution of the
product in the sweep gas stream, it is not useful to increase indefinitely
the flow rate of the latter because beyond a certain value the permeation
rate of H2 remains unchanged [55,56]. Alternative ways to increase the
productivity may include: lowering the pressure in the permeate side
below that of the reacting side [57,58] and/or removal of one of the
secondary products from the products stream [59,60].
A typical single membrane-assisted configuration for hydrogen
production consists of a concentric three tube reactor: in the inner tube
the exothermic reaction occurs, the intermediate channel is employed
for the endothermic reaction while the external channel is used for
hydrogen recovery since the wall separating the intermediate and the
external channel functions as an hydrogen selective membrane [18,5557,61-67]. An alternative to this kind of arrangement considers the
exothermic and the endothermic reactions in external and intermediate
chambers, respectively, and hydrogen recovery from the inner tube [58].
A more complex configuration is employed for a double membraneassisted reactor, which is a concentric four tube reactor: with respect to
the previous one it includes also an internal additional tube that, across
a membrane wall, may receive water permeating from the exothermic
Combustion
Channel

Combustion
Catalyst

Solid wall

Reforming
Channel

Reforming
Catalyst

Figure 2: Recuperative coupling configuration for a micro-structured plate
reactor. Adapted from [30].
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channel [68-70] or may feed hydrogen to the exothermic channel within
a reaction system involving the recycle of a product stream containing
H2 [71].

Operating conditions

Wall thickness, thermal conductivity, catalysts type and load,
reaction temperatures, reactants composition and flow rates are
some of the parameters which affect the performance of a chemical
reactor. Accordingly, a broad range of possibilities in the definition of
the reactor design, in the related parameters and in the experimental
settings has to be expected.
Normally, hydrocarbons represent the major reactant for both
the exothermic and the endothermic reactions. Dehydrogenation,
steam reforming and cracking are the main reactions carried out on
the endothermic side. Today methane steam reforming represents the
principal way to produce hydrogen rich synthesis gas [72-80] fulfilling
about 50% of the world demand of H2 [81,82]. It has been reported that
the heat required for the endothermic reaction can be supplied through
several exothermic reactions in different reactor configurations such as
hydrogenation of nitrobenzene for the production of aniline in a tube
and shell device [3], combustion of H2 in a multi-plate reactor [40]
or combustion of CH4 in a variety of systems including honeycomb
monolith [50,53], tubular [16], membrane-assisted [67] or catalytic
plate reactor [30,33,34,36-39,41,43-46]. Some examples of couplings of
endothermic and exothermic reactions are listed in Tables 1 and 2 in
the cases of the absence and of the presence of a selective membrane,
respectively. Specifically, the Tables report, for a given reacting system,
the main reactions occurring both on the exothermic and on the
endothermic side, the scale of the system, the relevant temperatures
and pressures, the catalyst employed and the reactor configuration.
Tables also indicate that the research activity has been mainly focused
on small and lab scale systems where, in most of the cases, experimental
confirmations of the proposed results are provided. On the contrary,
when dealing with large scale systems, available studies are substantially
limited to optimization [5,17,56,63,70] and modelling and simulation
works [3,7,9,11,12,55,57,64,69] performed in order to provide initial
indications to turn current conventional reactors into innovative
coupled systems.
Catalyst role: For the systems under object the choice of the catalyst
represents one of the main parameters since it may be responsible of
the feasibility of the whole process. Noble metals such as Rh, Pd, Ru
and Pt are commonly used as active species; however, due to their high
cost, they are generally replaced by Ni, which is not the most active one
and it is quite prone to carbon formation and, then, to its deactivation
[81]. Figure 3 shows, for the source of data reported in Tables 1 and 2,
the number of occurrences of the active species used to promote the
exothermic and endothermic reactions. From the Figure it appears that
platinum results to be the most frequently used species to promote both
types of reactions, while Ni and Cu have been considered to effectively
promote the endothermic and exothermic reactions, respectively. Ru
and Rh have been used for catalyzing the endothermic reaction only
while the opposite has been done for the Pd. The combination of the
Ni-Pt pair is one of the most recurrent to couple an endothermic
process with a combustion reaction, respectively, and it has been used,
in particular, in systems involving reforming of methane sustained by
combustion of light hydrocarbons [30,37,50,58].
In order to hinder catalyst deactivation due to carbon formation,
it is recognized in the literature the practice to work with excess steam
with respect to the stoichiometric value [83,84] and the possibility to
J Adv Chem Eng
ISSN: 2151-6200 ACE an open access journal

add species to the original catalyst formulation able to inhibit or delay
the coke formation [85,86].Working with steam to carbon ratios (S/C)
well above the stoichiometric improves others reactor performance.
Indeed, in systems where the steam reforming of methane occurs,
thermodynamic considerations suggest that when the S/C ratio
increases, methane conversion also increases and the carbon monoxide
concentration decreases. However, the S/C ratio cannot be too high,
both to limit the costs of steam generation [26] and to avoid too diluted
product streams. Multi-functional catalysts prepared by the addition
of Rh to Ni- and Mg-based catalysts, demonstrated to be beneficial
in enhancing the catalytic activity and increasing the reactants
conversion, limiting, at the same time, the catalyst deactivation due to
fouling. Specifically, Hou and Yashima investigating the CO2 reforming
of methane, showed that small amounts of Rh, added to Ni/γ-Al2O3,
resulted in an enhanced catalyst activity and in an improved resistance
to coke formation [85]. Similarly, Wang et al. showed that the addition
of Rh on a MgO–Al2O3 support results in catalysts that are very active
for methane steam reforming and able to limit the formation of coke
under a wide range of S/C ratios [86].
However, besides the type of active species chosen for the catalyst
formulation, also the metal dispersion on the catalyst surface assumes
an important role in defining the catalytic activity being directly
related to the number of active sites which will be available for species
adsorption. It was shown that the optimum level of dispersion is
related to a specific metal load beyond which the dispersion decreases.
Such a threshold level depends on the characteristics of the catalysts
formulation and on the structure of the support and explains why
different authors found out different optimal metal loads. RostrupNielsen suggests that the optimal activity level for a Ni/Al2O3 catalyst
is reached when the metal load is in the range 2 - 5wt% [87]. Dong et
al. [88] found that an increase in the Ni content on a Ce-ZrO2 support
above 15 wt% does not produce any further increase in activity for
methane conversion to syngas in the presence of steam and/or oxygen.
Authors showed that such an upper limit in the metal load is still able
to provide a good balance between the availability of the active sites for
methane and oxygen or water adsorption[88].
The amount of catalyst loaded in a given reactor has to be adapted,
in terms of support features and concentration of the active species,
to the reactants flow rates circulating in the system in order to ensure
a proper level of reactivity [6]. Furthermore, in order to guarantee a
good level of conversion of the reactants and a proper energy balance
between the heat absorbed and the heat produced inside a coupled
system, Zanfir and Gavriilidis [34]recognized the important role
played by the ratio between the amount of catalyst loaded in the two
chambers and by several design and operating parameters, such as the
ratio of the inlet velocities, the inlet temperatures, and the difference in
the activation energies of the exothermic and endothermic reactions
[33,39]. Among all these parameters, the authors recognized that the
variables that have greatest influence on the reactor performance are
in the order: the difference in the activation energies between the
exothermic and endothermic reactions, the inlet temperatures, the
velocities and composition of the inlet streams and, finally, the reactor
geometric characteristics and the thermal conductivity of the walls.
Further insights in the role played by the geometrical characteristics of
the system were provided by Vaccaro and Ciambelli [89] who showed
that at constant inlet flow rates, no significant variation occurred in
the performance of a microstructured reactor when the height of the
reactor channel (i.e. the distance between the catalytic layer and the
facing wall) was varied in the range 0.5–2.0 mm. On the contrary,
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No

Type

Reactions

Exo

Combustion of hydrogen:
H2 + 0.5O2 →H2O

1
Endo

Methane steam reforming:
CH4 + H2O ↔ CO + 3H2
CO + H2O ↔ CO2 + H2

Exo

Combustion of methane:
CH4 +2O2 → CO2 +2H2O

2
Endo

Reforming of methane with CO2:
CH4 +CO2↔2CO + 2H2
CO2 +H2↔ H2O + CO

Exo

Combustion of methane:
CH4 +2O2 → CO2 +2H2O

Endo

Methane steam reforming:
CH4 + H2O ↔ CO + 3H2
CH4 + 2H2O ↔ CO2 + 4H2
CO + H2O ↔ CO2 + H2

Exo

Methane and hydrogen combustion:
CH4 +2O2 → CO2 +2H2O
H2 + 0.5O2→ H2O

3

4

Scale

T(K)*
1073 (inlet)

P
13 atm

Catalyst

986-1139

773-1073

LaFe0.5Mg 0.5O3/Al2O3/ FeCrAl

1 atm

Ni/SBA-15/ Al2O3/
FeCrAl

-

773-1073

800

-

1 bar

S

LaCoO3/La-γ- Al2O3/
Ni-Cr

1 bar

Ni

Exo

Combustion of methane:
CH4 +2O2 → CO2 +2H2O

820 (inlet)

1 atm

Pt

Endo

Methane steam reforming:
CH4 + H2O ↔ CO + 3H2
CH4 + 2H2O ↔ CO2 + 4H2
CO + H2O ↔ CO2 + H2

820 (inlet)

1 atm

Ni

Exo

Combustion of methane:
CH4 +2O2 → CO2 +2H2O

803 (inlet)

1 bar

-

Endo
Exo

Combustion of methane:
CH4 +2O2 → CO2 +2H2O

Endo

Methane steam reforming:
CH4 + H2O ↔ CO + 3H2
CO + H2O ↔ CO2 + H2

Exo

Methane and hydrogen combustion:
CH4 +2O2 → CO2 +2H2O
H2 + 0.5O2 → H2O

7

8

S

Tubular foam reactor

Plate reactor

S

Plate reactor
803 (inlet)
298 (inlet)

1 bar

673-873 (inlet)
S

[16]

[37]

[43]

1.3 atm Pt

S
873 (inlet)

[53]

-

1 atm

Plate reactor

[44]

Plate reactor

[45]

Micro-reactor

[27]

Rh/ platinum-ceria

1.4 bar PdOx

Endo

Methane steam reforming:
CH4 + H2O ↔ CO + 3H2

673-873 (inlet)

Exo

Propane combustion:
C3H8 + Air

298 (inlet)

1 atm

Homogeneous, spark-ignited
combustion

Endo

Ammonia splitting:
2NH3 ↔ 3H2 + N2

298 (inlet)

1 atm

Ru

9

[50]

Ni

374 -538 (inlet)

Methane steam reforming:
CH4 + H2O ↔ CO + 3H2

Metallic monolith reactor

Ceramic monolith reactor

Methane steam reforming:
CH4 + H2O ↔ CO + 3H2

6

[40]

Ni

L

Endo

5

Multi-plate reactor
Ni/Al2O3

1 atm

S

Ref.

Pt

S
-

System

1.4 bar Rh

S

*T denotes the temperatures inside the reactive chamber or the inlet or wall value, where specified
S and L stand for small and large, respectively
Exo and End stand for exothermic and endothermic, respectively
Table 1: Examples of recuperative coupling reactors.

at constant inlet velocities higher channel height resulted in lower
conversion and smoother temperature profile along the reactor.
Homogeneous vs. heterogeneous exothermic source: In some
cases the catalytic combustion of a fuel is replaced by a homogeneous
combustion. This substitution has the advantage to eliminate the
deactivation and regeneration issues related to the catalyst use and
to provide a heat source which is, potentially, more efficient than a
heterogeneous process. By direct ignition, homogeneous combustion
may reach, almost instantly, very high temperature without any preheating step, typical of the catalyzed processes; this, in a coupled reactor
configuration, strongly reduces the time needed for the endothermic
reaction to reach the desired conversion [31]. However, in this kind of
systems difficulties in setting the position of the flame in a desired area
J Adv Chem Eng
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of the combustor may arise: this matter makes the thermal coupling
with the endothermic channel quite complex and requires accurate
adjustment of the inlet conditions of the fuel (i.e. flow rate and mixing)
[25]. A further difficulty is the instability of a homogeneous confined
flame when, for relatively small reactors, the surface to volume ratio is
too high and leads to a strong cooling of the flame.
Actually, the effect of the molar flow rate of the exothermic inlet on
the thermal behaviour of the reactor can be extended also to catalytic
reactors, noting that variations in this parameter may affect the position
and the formation of hot spots along the reactor length. In addition,
in an heterogeneous coupled system also the inlet temperatures of
the reactants need to be carefully set both to assure high reactor
performance and to limit the reaching of too high temperatures inside
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the reactor potentially able to cause catalyst deactivation by sintering
[10].

10

Temperature control and autothermal behaviour: One of the
main issues when coupling exothermic and endothermic reactions in
such systems is the proper reaching of a desired level of temperature in
order to promote the endothermic and exothermic reactions; this task
can be better accomplished if some expedients to recover heat and to
minimize thermal losses are applied. The pre-heating of the inlet stream
by the hot exhaust stream is one of the most common technique adopted
to purse this target; in this case the addition of multiple passes enables
the preheating of the inlet combustion gases by the hot combustion
exhausted stream [15]. Furthermore, the need to have different
temperature levels inside the same chamber of a coupled system poses
additional requests in term of optimization design. Outlet streams
of endothermic channels in which steam reforming of hydrocarbons
occur are characterized by the presence of carbon monoxide the amount

8
6
4

2
0

Pt

Ni

Cu

Ru

Exothermic

Pd

Rh

Others

Endotermic

Figure 3: Number of occurrences of the active species considered in the
coupled reactions reported in Tables 1 and 2. Others stand for: Mg, Co, Fe,
Zn, Si, Ce, Re, Sn.

No

Type

Reactions

Exo

Methanol synthesis:
CO + 2H2 ↔ CH3OH
CO2 + 3H2 ↔ CH3OH + H2O
CO2 + H2 ↔ CO + H2O

1
End

Cyclohexane dehydrogenation:
C6H12 → C6H6 + 3H2

Exo

Ethane dehydrogenation:
C2H6 → C2H4 + H2

2
End

Water splitting:
H2O ↔ H2+0.5O2

Exo

Combustion of methane:
CH4 +2O2 → CO2 +2H2O

End

Methane steam reforming:
CH4 + H2O ↔ CO + 3H2
CH4 + 2H2O ↔ CO2 + 4H2
CO + H2O ↔ CO2 + H2

Exo

Fischer–Tropsch synthesis:
CO + 3H2 → CH4 + H2O
2CO + 4H2 → C2H4 + 2 H2O
2CO + 5H2 → C2H6 + 2 H2O
3CO + 7H2 → C3H6 +2 H2O
4CO + 9H2 → n-C4H10 + 4H2O
4CO + 9H2 → i-C4H10 + 4H2O
6.05CO + 12.23H2 →
C 6.05 H 12:36 (C5+ )+6.05H2O
CO + H2O →CO2 + H2O

3

4

Scale T(K)*

Endo

Dehydrogenation of cyclohexane to benzene:
C6H12→ C6H6 + H2

Exo

Dehydrogenation of methanol
2CH3OH→CH3OCH3 + H2O

Endo

Dehydrogenation of cyclohexane to benzene:
C6H12→ C6H6 + H2

Exo

Partial oxidation of methane:
CH4 + 0.5O2 ↔ CO + 2H2

Endo

Water splitting:
H2O → 1/2O2 + H2

1 atm

Pt/Al2O3

-

-

-

973 -1073

2 atm

-

873 – 973

-

Pt/ Al2O3

-

10 bar

Ni/ Al2O3

538
(inlet)

1 bar

metalpart: 100Fe 21
SiO2, acidicpart:
SiO2 Al2O3 = 28

L

Methanol synthesis:
CO + 2H2 ↔ CH3OH
CO2 + 3H2 ↔ CH3OH + H2O
CO2 + H2 ↔ CO + H2O

7

503 (inlet)

S

Exo

L

L

System

503 (inlet)

S

Dehydrogenation of decalin to naphthalene:
Cis-Decalin / Trans-Decalin ↔ Tetralin+3H2
Tetralin ↔ Naphthalene + 5H2

6

Catalyst

CuO/ZnO/ Al2O3(35%
Copper, 15–50%
1 atm
76.98 bar Zinc,
Three-concentric tube
4–20% Aluminum).
reactor

L

Endo

5

P

614.28
(inlet)

23 bar

500

76.98 bar CuO/ZnO/Al2O3

423–523

101.3 kPa Pt/ Al2O3

500

76.98 bar CuO/ZnO/Al2O3

423–523

101.3 kPa Pt/ Al2O3

-

-

-

1073-1223

1 atm

Ni/ Al2O3

Ref.

[57]
[55]

Tube in tube reactor

[62]

Three-concentric tube
reactor

[58]

Three- and four concentric
tube reactor

[70]
[64]

Three- and four concentric
tube reactor

[63]
[69]

Three-concentric tube
reactor

[56]

Three-concentric tube
reactor

[61]

Pt-Sn/γ- Al2O3

S

*T denotes the temperatures inside the reactive chamber or the inlet or wall value, where specified
S and L stand for small and large, respectively
Exo and End stand for exothermic and endothermic, respectively
Table 2: Some examples of recuperative coupling with membrane.
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No

Type

Reactions

Exo

Combustion of methane:
CH4 +2O2 → CO2 +2H2O
CH4 +0.5O2 → CO +2H2

Endo

Reforming of methane with CO2:
CH4 +CO2↔2CO + 2H2
CO2 +H2↔ H2O + CO

Exo

Hydrogenation nitrobenzene to aniline
C6H5NO2 + 3H2→C6H5NH2 + 2H2O

Endo

1,4-butanediol to γ-butyroloctane dehydrogenation: C4H10O2 → C4H6O2 + 2H2

Exo

Hydrogenation of benzene to cyclohexane:
C6H6 + 3H2 → C6H12

Endo

Dehydrogenation of ethylbenzene to styrene:
C6H5CH2 ↔ C6H5CHCH2 + H2

Exo

Hydrogenation of maleic anhydride to tetrahydrofuran:
C4H2O3 + 5H2 → C4H8O + 2H2O

Endo

Dehydrogenation of n-butanol to butylaldehyde:
C4H9OH → C3H7CHO + H2

Exo

Gasoline combustion

Endo

Gasoline reforming

Exo

Methane oxidation:
CH4 +2O2 → CO2 +2H2O

Endo

Methane steam reforming and side reactions::
CH4 + H2O ↔ CO + 3H2
CH4 + 2H2O ↔ CO2 + 4H2
CO + H2O ↔ CO2 + H2
CH4 ↔ C + 2H2

Exo

Methane and methanol oxidation:
CH3OH +1.5O2 ↔ CO2 + 2H2O
CH4 +2O2 → CO2 +2H2O

Endo

Methane and methanol steam reforming::
CH3OH + H2O ↔ CO2 + 3H2
CH4 + H2O ↔ CO + 3H2
CO + H2O ↔ CO2 + H2

Exo

Hydrogenation of nitrobenzene to aniline:
C6H5NO2 + 3H2 ↔ C6H5NH2 + 2 H2O

Endo

Dehydrogenation of ethylbenzene to styrene:
C6H5C2H5 ↔ C6H5C2H3 + H2

Exo

Oxidation of methanol to dimethoxymethane:
3CH3OH + 0.5O2 → CH3OCH2OCH3 + 2H2O

Endo

Condensation of formaldehyde and methanol:
HCHO + 2CH3OH → CH3OCH2OCH3 + H2O
CH3OH + 0.5O2 → HCHO + H2O

1

2

3

4

5

6

7

8

9

Scale

T(K)*

P

S

1123
(wall)

0.1 MPa

470-580

1 atm

873

S

L

S

S

L

S

-

-

Catalyst

System

Ref.

SIMDCAR

[104]

Cu/MgO

SIMDCAR

[105]

128.7 kPa

Fe
Ni

SIMDCAR

[103]

493-553

1 MPa

Cu-Zn-Ce

SIMDCAR

[106]

1043

5 bar

Ni

SIMDCAR

[108]

800
and
640-665

2.9 and 2.5
atm

Pt/δ-Al2O3
and
Ni/MgO-Al2O3

SIMDCAR and
SEQDCAR

[101]

590-720

-

Pt/Al2O3 and Ni/
MgO
Pt0.2-Ni2.5/ Al2O3

SIMDCAR and
SEQDCAR

[102]

300-700

0.01-0.5 MPa

Pd/Al2O3
Fe2O3/γ-Al2O3,
ZSM-5,Pt/AC

SIMDCAR

[144]
[145]

403-443

1 atm

V2O5/TiO2
V2O5/TiO2–H2SO4

SIMDCAR

[107]

Pt/Al2O3
Pt-Ni/ Al2O3

*T denotes the temperatures inside the reactive chamber or the inlet or wall value, where specified
S and L stand for small and large, respectively
Exo and End stand for exothermic and endothermic, respectively
Table 3: Some examples of direct coupling.

of which is regulated by the competing reaction, which involves the
conversion of CO to CO2 (water gas shift reaction). Unlike the steam
reforming, the water gas shift reaction is favoured at lower temperature,
meaning its conversion is always limited at the ordinary temperature
the endothermic chamber works. The lengthening of just the terminal
part of the endothermic channel allows to create a section, which is
cooler than the previous part of the channel being thermally detached
by the rest of the reactor, favouring, in this way, the water–gas shift
reaction. This strategy was used by Venkataraman et al. [44] to increase
the H2/CO ratio in an experimental reactor performing methane steam
reforming on rhodium coupled with methane combustion on platinum:
the downstream temperature in the reforming channel fell down to
200°C and the H2/CO ratio raised up to 42/1 with a S/C molar ratio of
4/1. A similar design improvement was proposed by Wanat et al. [35] in
a lab-scale reactor in which the steam reforming of ethanol on rhodium
was coupled with the methane combustion on platinum: in this way the
J Adv Chem Eng
ISSN: 2151-6200 ACE an open access journal

H2/CO ratio passed from 3/1 in the conventional reactor to 30/1 in the
extended configuration.
In order to prevent excessive temperatures, further refinements in
the reactor design may involve the use of an inert material in some
section of the system in substitution of the catalytic bed. This way
of proceeding gives the possibility to locally balance and control the
equilibrium between the generated and consumed heat. However, how
pointed out by some authors [14], the behaviour of a reactor may be
different in steady state and transient mode (e.g. start-up conditions)
when the maximum temperature value in the exothermic channel may
be higher than that reached under steady state conditions: this makes
the thermal control procedure complex, and the process feasible only if
it complies with the operating conditions of both regimes.
The use of relatively high thermal conductivity materials (e.g.
stainless steel) to build reactive systems may have positive and negative
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effects on the operation of high temperature reactors considering their
relatively fast reaching of the thermal equilibrium [28]. On one hand,
systems manufactured in this way operate almost under isothermal
conditions, limiting, therefore, the formation of hot-spots [90,91].
On the other hand, the metallic high-conductive structure of these
systems increases the heat losses. The higher the energy produced
by the combustion side of the reactor, the higher the energy lost by
dissipation to the surrounding. This consideration strongly limits
the reactor potentialities and reduces the possibility for the system
to reach autothermal conditions, i.e. able to sustain itself without the
aid of external heat sources. In addition, extra heat has to be added
to the whole energy balance of the system; in fact, just because the
endothermic and exothermic reactions need to be carried out at high
temperature so to favour high reaction rates and reactant conversions,
the system is generally fed with already pre-heated streams. Yin et al.[50]
experimentally verified the difficulty to operate under autothermal
conditions considering the coupling of the methane combustion with
the methane reforming with CO2. For such a system, although energy
balances would allow the reforming of more than 3 moles of methane
per mole of CH4 burned, the authors showed that the system was unable
to accomplish a proper thermal coupling between the reactions without
supplying external additional heat. Only working in combination with
an electric heater operating at815°C, the whole performance of the
reactor largely increased, reaching conversions of methane and CO2 in
the reforming channel higher than 90% and with heat efficiency greater
than 80%.The same authors in a previous work investigated the system
performance through modelling: in that case the monolith reactor was
able to realize the coupling between the exothermic and endothermic
reactions by suitably adjusting the operating conditions [51].
An autothermal behaviour was accomplished in a membrane
reformer for hydrogen generation operating with methane as
reactant for combustion and steam reforming [58], and in a ceramic
microchannel reactor performing the coupling of steam reforming
and combustion of methanol [28]. In the first case the autothermal
behaviour was accomplished by using an excess flow rate of exothermic
stream with respect to the stoichiometric amount. Instead, in the second
case the autothermicity was favoured by the use of a construction
material with high insulating characteristics, which sensibly reduced
the thermal dissipations.
The difficulty in evaluating the thermal losses is still a crucial
problem and this topic is reported as one of the main issue to comply
with since the first works dealing with recuperative reactors [53].
For instance, Frauhammer et al. [53], using a ceramic honeycomb
monolith, in which methane was employed as reactant for the
combustion and reforming, pointed out how the heat losses were
significant, showing that the peak temperatures registered in the
experiments were smaller compared to that predicted in the simplified
simulations, which assumed the reactor as adiabatic. In order to face
such issues, recommendations to reduce thermal losses, have been
suggested. They include: reduction of the surface to volume ratio, use
of high insulating materials [37,58], operation under vacuum [23,92]
and use of low emissivity or high reflectance materials to reduce heat
losses by radiation.
Co-current vs. counter-current flow: Relative co-current
and counter-current flows [24] between the exothermic and the
endothermic channel also affect the reactor behaviour. Simulations of
counter-current operation showed that a potential lack of control of the
heat produced by the combustion reaction [46,93] may exist due to the
difficulty in matching the heat flux consumed and generated. In fact,
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in this case, the ingress region of the combustion channel corresponds
to the hottest area of the system due to the high rate of conversion
resulting from the high reactant concentration. On the reforming side
such an available heat cannot be fully utilized by the endothermic
stream since it may absorb such a energy only before exiting, with the
consequence that its residence time at high temperature becomes too
short, so limiting the possibility to reach high conversions. The opposite
occurs in correspondence of the exit of the combustion stream, where
only the coolest part of the exothermic channel heats an entering
endothermic stream having high concentrations. Thus, the design of
a counter-current reactor may be more prone to the formation of hot
and cold spots and alternative solutions are needed to balance the heat
flux generated and consumed, especially if high outlet conversions are
desired. These may include optimization of the relative position of the
catalyst layers at endothermic and exothermic sides, optimization of
catalyst distribution in the combustion channel, or optimization of
fuel distribution along the reactor [93]. Reactants conversion changes
according to the flow orientation being generally lower for the countercurrent mode [38]. The higher conversions of co-current reactors with
respect to the counter-current mode are consequence of the behaviours
reported above that give rise to higher average temperatures and, then,
to higher reaction rates [38,57].
Optimization technique: According to what reported in the
previous paragraphs, it appears evident how complex may be to take
into account all the parameters affecting the reactor performance. An
optimization of the system that considers each of them is impracticable
and, therefore, a preliminary screening analysis may be usefully
applied. One of the currently applied techniques is the Differential
Evolution (DE) method, which optimizes a problem by considering
some constraints on the system parameters and calculates the solution
that has the best score or fitness on the optimization problem at hand.
Generally, when applying the DE method, the concentration of the
desired species in the reactor outlet represents the objective function
and the remaining parameters, such the maximum inlet temperatures,
the pressure and the inlet molar flow rates, are varied within the
applicable operative range of the system. In this context Khademi et al.
[7] optimized the synthesis of methanol and benzene from cyclohexane
dehydrogenation considering the methanol and benzene mole fractions
as desired constraints and varying the inlet molar flow rate of the
endothermic stream and the inlet temperatures of the exothermic and
endothermic streams. Rahimpour et al. [17] maximized the yield of
gasoline produced in a reactor in which the Fischer–Tropsch synthesis
reactions and the endothermic dehydrogenation of cyclohexane to
benzene took place: optimal value of the inlet molar flow rate and inlet
temperatures of exothermic and endothermic streams and pressure of
exothermic side were calculated.
The DE optimization strategy was successfully adopted also in
membrane-assisted recuperative coupling reactors [56,63,66,68-71].
In particular, Rahimpour et al. proposed this technique to optimize
the performance of a double membrane reactor: an water selective
membrane was inserted to remove water from the exothermic side so
to increase the productivity of gasoline synthesized from syngas and a
Pd-Ag membrane was added to the endothermic side to separate H2
produced from dehydrogenation of decalin [17,68,70,71]. However, in
order to scale up such a process to an industrial level, authors pointed
out that some issues remain to be addressed such as the ageing of the
catalysts and the difficulty to produce a cheap leak-free membrane.
Alternative to fossil fuels: As alternative to the use of conventional
hydrocarbons and due mainly to its high hydrogen release capacity, some
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researchers investigated also ammonia [25,94] as a carrier for hydrogen
delivery and distribution. Given the ease of liquefying ammonia, these
investigations supports the trend [95,96] for the potential use of NH3
as a carbon-free fuel for the CO-free production of hydrogen to feed
portable devices and fuel cells (when NH3 concentration<0.1ppm). In the
work of Kim et al. [25] hydrogen is produced by burning and reforming
ammonia (NH3) in a microreactor having a tube in tube heat exchanger
design. In the inner side the combustion of an H2-added NH3 with air
mixtures generated enough heat to reform NH3 to H2 in the annular
side. Ruthenium was chosen as active species of the reforming catalyst,
which filled completely the section of the chamber. Actually, because of
the limited energy produced by the combustion of NH3, H2 in the range
of 0.3 – 0.5 molar fraction was added to the exothermic stream. Despite
high conversion of NH3 (97%) and a good production of H2 (5.4W,
based on the lower heating value, LHV, of H2), the significant amount
of hydrogen added to the exothermic inlet strongly compromised the
overall efficiency of the micro-reforming system. Indeed, the percentage
ratio between the energy (based on the LHV) obtainable from the
produced H2and the energy (also based on the LHV) contained in the
total amount of NH3 and H2 supplied in both channels, did not exceed
10.4%. To overcome the limits imposed by the low power generated by
the ammonia combustion and to avoid the introduction of H2 in the
exothermic channel the coupling of NH3 reforming with hydrocarbon
oxidation has been considered in modelling works [31,94]. Indeed,
Kaisare et al. [94]proposed a pseudo-2-dimensional model for the
production of H2 by coupling the decomposition of NH3on ruthenium
with the combustion of propane on platinum; there actions occurred
in adjacent parallel channels of a micro plate reactor. Model solution
indicated that the high temperatures and the fast heat transfer involved,
promoted by the adoption of high conductivity materials, gave almost
complete conversion of the reactants in both channels in very short
times (milliseconds), providing, therefore, theoretical insights for
the development of compact and portable devices for H2 production.
Similar conclusions were reported by Deshmukh and Vlachos [31],who
considered the homogenous combustion of propane as exothermic
reaction.
A peculiar use of the coupled configuration was done to
optimize the extraction of hydrogen from water. In this case, indeed,
enhancement of the hydrogen production was achieved by coupling the
highly endothermic water splitting reaction with the partial oxidation
of an hydrocarbon, obtained through the reaction with oxygen coming
from the endothermic channel through permeation across a selective
membrane [61,62]. The coupled configuration gave a production
of hydrogen about 5 times higher than that obtained in a single
channel reactor where hydrogen was continuously collected, through
a membrane, in an external annular chamber [97]. Furthermore, also
syngas, due to the contemporary partial oxidation process occurring in
the external combustion channel, was obtained.

Measurements
In order to estimate the performance of the reactor, measurements
of some macroscopic parameters must be carried out; this includes
composition and temperature of the streams involved and the
temperature of the catalytic bed or layers inside the reactive systems.
Generally, the flow rates of gas and liquid streams are set by mass
flow controllers and high precision pumps, respectively. The product
streams are cooled below 0°C for the removal of moisture, before being
analyzed by an on-line gas chromatograph and mass spectrometer
[24,28,35,50,91,98] or by continuous gas analyzers: specifically, CO and
CO2 by NDIR (non dispersive infrared) analyzers, O2 by a paramagnetic
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analyzer and H2 by a thermoconductivity analyzer [37]. The former is
able to identify a broad spectrum of chemical species, but it can treat
small sample flow rates and requires an accurate setting; the latter is able
to detect a limited number of compounds, but it may treat quite large
flow rates and it is easier to use and to set. The temperature are detected
through sheathed thermocouples [44], which according to their size and
characteristics can be easily inserted in the system and can tolerate high
temperatures. Tube in tube design may limit the possibility to introduce
temperature sensors inside the internal tube [58]. Higher the number
of temperature detectors along the reactor, better the identification of
the temperature profile; however, interferences on the fluidodynamics
of the systems [99] and an increase in the thermal losses, due to a
high number of attached elements acting as cooling fins, can occur.
In addition, the limited dimensions of microstructured reactors make
difficult the direct detection of operating temperature [37,38] through
such devices. Here, the actual temperatures inside the channel may be
different from those measured by the thermocouples inserted in the
system due to the radiative heat exchange between the thermocouple
tip and the radiating surfaces and to the thermal conduction along the
thermocouple stem. Furthermore, this can imply differences between
the measured conversions and those predicted by simulations based on
the measured temperature profiles [15,37]. The intrusive measurement
of the temperature inside such small systems may be avoided employing
an infrared camera able to associate a temperature map to an image
taken by using the infrared radiation instead of the visible light.
Accordingly, reactors must have at least one of their walls made of a
transparent material (quartz), so to be optically accessible. By using this
technique Moreno and Wilhite [28] were able to successfully monitor
a system designed for the hydrogen production formed by separated
chambers where methanol steam reforming and methanol combustion
reactions occurred. In an optically accessible reactor Bosco and Vogel
[98] were able to detect almost isothermal working conditions with the
presence of hotspots not exceeding 25 K in their reactor performing the
methanation of carbon monoxide and carbon dioxide. Furthermore, the
same authors experimented such an imaging technique in combination
with an automated sampling capillary, which entered the system during
the reaction and was directly connected to a mass spectrometer.

Direct Coupling Reactor (DCR)
Design
In the DCR the coupling of two chemical transformations inside
a single reacting space is performed. In this case, fixed-bed reactors,
designed as cylindrical units with jacketed or internal heating coils are
generally adopted. A layer of inert material or metallic screens are used
to support the catalytic particles in the vessel both at the top and at
the bottom of the container; such a confinement for the catalyst layer
works also as a way to prevent shakings of the catalytic particles in case
of reactants fed at high velocity [1]. Catalytic material is structured
as solid particles and distributed in the reactor space in such a way
to promote both the exothermic and the endothermic reaction; this
task is accomplished in two manners [1,100]. In the simultaneous
arrangement (identified as SIMDCAR by Rahimpouret al.[1]) the
reactor bed is prepared by mixing the two catalysts each favouring
the exothermic or the endothermic reaction; the active species can be
dispersed on different pellets/solid particles [101-103] or on the same
support (bi-functional catalyst) [102,104-107]. Furthermore, the same
active specie can be used to promote both reactions [104,107,108],
or the use of different exothermic and endothermic catalysts may
be preferred. Instead, in the sequential arrangement (identified as
SEQDCAR by Rahimpour et al. [1]) the two catalysts are kept separated
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being disposed as alternating layers in the reactor vessel and then the
endothermic and the exothermic reactions occur in a consecutive
manner [101,102,109].

Operating conditions
Direct coupling reactors have been extensively studied. This type
of reactor has several advantages such as operational simplicity [110],
mitigation of thermodynamic limitations [111], reduction of the thermal
losses due to the direct heat exchange between the endothermic and the
exothermic processes [19], eco-friendly operations [112] and enhanced
products selectivity [110,113]. Some examples of direct coupling
configurations, along with the main operating conditions, are listed
in Table 3. When the SIMDCAR configuration is adopted, the mixing
of two different catalysts for the exo- and endo-thermic reactions is
more frequent and more efficient [102] than the choice to have the
same active specie to promote both reactions. Furthermore, some of
the reactions occurring in this kind of device take the advantages of bifunctional catalysts [107,114]. There are, indeed, numerous cases where
this choice revealed to be more efficient in terms of performance than
systems operating with a mixture of two conventional catalysts [19].
As shown in Table 3, in analogy to the recuperative reactors, most
of the papers deal with experimental works performed on small scale
devices, while, large scale applications recur mainly in simulation
activities carried out to analyze and propose potential performance
improvements in existing plants via direct coupling. Most of the
applications proposed in literature adopted a SIMDCAR approach.
Therefore, the applications of the SEQDCAR configuration are less
numerous [101,102,109] and one of them include the autothermal
reformer (ATR) to produce hydrogen from the steam reforming of
natural gas [109]. This situation may also derive from the comparison
of the performance of the SIMDCAR and of SEQDCAR configurations
applied at the same process from which it appears that the first is
better than the second. For instance, Avci et al. [101] investigated,
through a series of simulations, the effect of the two typical catalytic
bed configurations on the performance of a directly coupled reactor
performing combustion and steam reforming of methane for the
production of hydrogen. When the two catalysts were mixed together to
form a single catalytic bed, improved performance were accomplished
with respect to that obtained with the configuration in which they were
arranged as two consecutive layers; authors argued that this result was
due to a more facilitated heat transport between the endothermic and
exothermic reactions occurring with the first configuration.
The autothermal reforming of methane and methanol to hydrogen
was studied in a similar way by Ma and Trimm [102]: the authors
investigated the coupled oxidation and reforming reactions in a system
where three different catalyst bed configurations were analyzed: a)
two catalysts mixed in the same bed; b) two catalysts arranged as two
consecutive different beds and c) two catalysts dispersed on the same
support (bi-functional). Also in this case, the authors found that the
best reactor performance was reached when the two catalysts were
arranged as a single bed. Furthermore, even improved product yields
were reached when a bi-functional catalyst was used. The mixed bed
configuration makes the heat transfer between the exothermic and
the endothermic reactions faster, achieving improvements in the
conversion of methane and in the hydrogen selectivity (up to 65% and
85% respectively) [102].
SIMDCAR was proposed as a valid reactor configuration since
the first industrial application dealing with methane steam reforming
coupled with the production of ammonia [115] and with the production
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of HCN from methane and ammonia coupled with the combustion of
hydrogen produced in the endothermic reaction [2]. It was also used to
couple the methane steam reforming with the catalytic oxidation of CH4
[101,102]. The SIMDCAR configuration was tested also with higher
hydrocarbons with negative results. Specifically, Moon et al. [116]
obtained unsatisfactoryselectivity to H2 and CO2 when investigated the
autothermal reforming of isooctane. Furthermore, the risk connected
with the use of higher hydrocarbons derives also from the possibility to
have alkenes in the product stream: they may favour the deactivation
of the catalyst in the downstream devices used for processing such
outlet streams in order to remove carbon monoxide by water gas shift
or oxidation reactions [117]. Such an issue was found by Ayabeet al.
[118] who found ethylene in the products stream when performing the
autothermal reforming of propane.
The main concern related to the use of complex fuels, such as
gasoline or diesel is the elevated temperatures necessary to reach high
conversions (>850°C) and the catalyst deactivation due to the coke
formation especially when low cost Ni-based reforming catalysts are
used. To avoid such issues, preliminary processes (pre-reforming)
such as pyrolysis and cracking can be carried out [119]. Therefore, the
fuel generally processed in the autothermal reactor consists of lighter
hydrocarbons generated in these previous steps. Chen et al. [108]
performed the ATR of gasoline with and without the pre-reforming
steps under the same operating conditions: they found an almost
complete conversion of gasoline associated with a very high selectivity
to hydrogen in the first case, while the nickel-based catalyst resulted
fouled with coke after a short time in the absence of the preliminary
reforming steps.

Measurements
Dealing with cylindrical fixed bed reactor, the monitoring of the
variable affecting the system performance may consist of temperature
sensors and sampling probes equipped with valves mounted along the
reactor length; this gives the possibility to detect the concentration and
the temperature profiles when non-isothermal conditions are present
[120]. Most of the systems analyzed refer to lab-scale reactors where
the subsisting of plug flow conditions make thermal gradient in radial
direction negligible. However, within actual fixed bed reactors undesired
thermal radial gradients, which adversely affect the temperature control
throughout the reactor, exist. In this case, the identification of the wall
heat transfer coefficient is not trivial. It is commonly assumed that wall
effects take place up to 1-1.5 particle diameters away from the wall
and temperature readings through thermocouples in a region so close
to the reactor wall could be affected by conductive error making the
detected values unreliable [121]. The introduction of the reactants and
the analysis of the product streams are performed in the same way of
the recuperative reactors, i.e. mass flow controllers, precision pumps
for liquid streams and on-line gas chromatographs connected to data
acquisition systems. Because the concentration measurements are
expensive and time consuming, due to the gas chromatography limits,
only very few concentration measurements are generally performed in
the most relevant positions.

Modelling
The description of the reactive systems proposed above evidences
numerous ways and possibilities to realize a chemical reactor by varying
the design, the geometrical configurations, the operating conditions
and the type of catalyst. Despite such differences, the way in which these
catalytic systems work can be re-conducted to general mechanisms
involving the momentum, energy, and mass transport. Reactants flow
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through the reactor chambers and come in contact with the catalytic
material, generally arranged as porous structures; here the species,
according to the operating conditions, adsorb and react forming the
products that desorb and, then, leave the system. Generally, diffusion
rather than convection regulates the mass transport inside the porous
structure where catalytic heterogeneous reactions occur. However,
depending on the temperatures involved, homogeneous reactions
might also take place in the system. The temperature distribution
along the reactor depends on many factors such as the heat released
or absorbed by the chemical reactions, the heat and mass transport
by convection and conduction in the fluid, theheat transport across
the solid materials forming the reactor and the contributes due to the
radiative heat exchanges. Considering also the unavoidable heat losses
from the reactor walls, a temperature distribution along the reacting
system will be established, which will affect in a complex way the
behaviour of the whole reactive system [122].

Governing equations
The Navier-Stokes equations (1) in combination with the general
principle of mass conservation (2) provide the resolution of the flow
field inside a given system [123]. The Navier-Stokes equations form
a system of three equations, for the x, y and z component, in four
unknowns, i.e. pressure (p) and the three components of the velocity
field v. Equation 2 is the fourth equation to solve the whole system.
∂v
+ ρv × ∇v = -∇p - [∇ × τ ] + ρg 			
∂t
∂ñ
+ ∇ × (ñv) = 0 		
		
∂τ

ρ

(1)
(2)

In equation (1) τ is the stress tensor and g is the gravitational
acceleration. Equation (1) is formally able to describe any flow
condition (laminar and turbulent) in any geometric confinement.
However, limits in the numerical resolution of the Navier-Stokes
equations arise in turbulent conditions. In this case, in order to catch
the strong time and spatial variations which characterize such a flow
regime, a very detailed representation of the physical space where the
process occurs has to be rendered by the inclusion of very numerous
grid points. Currently, limited computational resources hinder the
direct numerical resolution of the equation (1) under turbulent
conditions and, therefore, additional model for the description of the
turbulent contributes has been formulated. This means that a sort
of filtering is imposed to the Navier-Stokes equations in order to be
able to couple them with additional equations forming sub-models
specifically tailored for the (simplified) resolution of only a part of the
whole phenomenon. In particular, the k-ε model [124] adds, to the
equations 1, two partial differential equations to model the turbulent
kinetic energy, k, and the dissipation rate, ε; the Large Eddy Simulation
model [125], instead, consider the direct application of the equations 1
for the numerical resolution on the large scales, and a turbulence model
(e.g. k-ε model) for the resolution of the flow field at smaller scales.
The mixing of the chemical species (i) in the bulk phase due to
convection and diffusion is described by the equation (3) [123]:
ρ(

∂Yi
+ v × ∇Yi ) = -(∇ × Ji )+ ri
∂t

(3)

			
of the i species and ri is the related
Where Yi is the mass fraction
rate of production or of consumption due to the chemical reactions. Ji
represents the diffusive mass flux of the species i which, for practical
application, may be assumed to depend on concentration gradient only
[36,123].
According to the domain where the fluid flows, meaning bulk or
porous catalytic region, and considering that, generally, such processes
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involve a multi-component mass transport, different approaches, more
or less sophisticated, can be considered to express Ji . When assuming a
Fick-like behaviour, valid under very diluted conditions (Yi<<1), each
diffusive mass flux is not dependent on the flux of the other species and
can be easily expressed in the bulk and in the porous domain by the
equations (4) and (5), respectively:

Ji = -ρDiM ∇Yi where DiM =

1 − Yi
M ∑ j,j#i (Yj / M j Dij )

(4)

M
Ji = -ρDieff,
∇Yi where: Di,k = 48.5d pore ( T )1/2
(5)
Mi
M and Mj are the molecular weight of the mixture and of the
species j, respectively, Dij is the binary diffusion coefficient, εp and τ
are the porosity and tortuosity, respectively and T is the temperature.
Diffusion processes within a pore involves two mechanisms: molecular
and Knudsen diffusion. Molecular diffusion is dominant for large pore
sizes and high system pressures while Knudsen diffusion becomes
significant when the mean-free path of the molecular species is
comparable with or larger than the pore size. The Knudsen diffusion
coefficient is expressed as [126]:
T
Di,k = 48.5d pore ( )1/2 				
(6)
Mi
When operating under undiluted conditions, more complex
models should be employed. The Maxwell-Stefan model and the
Dusty gas model describe the species transport in the gas and porous
domain, respectively. They consider the diffusive flux of each species as
dependent on that of the others, meaning that Ji cannot be expressed
directly as a function of a concentration gradient. For their practical
use, the most common form of the molar flux Ni (NiMi=Ji) according
to the Maxwell-Stefan and the Dusty gas models is represented by the
equations (7) and (8), respectively [127-129]:
N

 X jN i − X i N j 
1
−
∇Pj 			
 =
D
RT
ij



∑ 
i≠ j

(7)


B0 P 
Ni
X
P
N  X N − Xi N j 
+ ∑ i≠ j  j i
=
−
∇X i − i ∇P  1 +


 D ,eff 
ìDi,K , eff
RT
RT
D
ij
i,K , eff  (8)



ερ
ερ
where: Di,j , eff
=
Di,j ; Di,K , eff = Di,K
ô
ô

Where X is the molar fraction, P is the pressure, Pj is the partial
pressure of the j species, µis the viscosity, B0 is the permeability of
the catalyst bed and R is the gas constant. N in the equation (7) is
the diffusive molar flux, while N in the equation (8) includes also the
convective contribute [4], which, therefore, has not to be added as
additional term in the equation (3).In order to simplify the resolution
of the differential equation system, arising by combining the equation
(3) with the flux expressions given by relationships (7) and (8), only n-1
N
equations may be written since ∑ i Xi = 1 [6].
The energy transport equation due to convection, conduction and
mass diffusion can be expressed as[123]:
 ∂T

ρCρ 
+ v.∇T  = -∇q - [τ : ∇v] + S
 ∂t


(9)
			
where Cρ is the specific heat, [ τ : ∇v ] is the viscous dissipation term, S is
the heat source due to the chemical reactions and q is the heat transport
due to heat conduction and mass diffusion[122], i.e.:

q = -λ∇T + ∑ i h i Ji 				

(10)

where, λ is the thermal conductivity of the mixture and hi is the specific
enthalpy of species i. Balance equations are closed by relationships
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defining the fluid behaviour (i.e. ideal gas law). Furthermore, initial
and boundary conditions expressing the initial and/or the boundary
settings need to be specified.

Kinetics
The generation terms in the mass and the energy transport
equations (eq. (3) and (9)) due to the chemical reactions depend on
the kinetic term. The broad use of methane as fuel for steam reforming
justified the numerous studies dealing with this topic. Most authors,
when investigating this kinetics, identified a molecular mechanism
leading to a dependence of the first order with respect to methane
concentration, but the related activation energies spanned a wide
range of values, probably due to experimental faults due to transport
(diffusion and heat transfer) restrictions [130]. For instance, extensive
studies of the intrinsic kinetics of the methane steam reforming and the
water-gas shift reactions were performed by Xu and Froment [131] and
Hou and Hughes[132]; the first two authors investigated methane steam
reforming over Ni/MgAl2O4 catalyst in a tubular reactor, while the latter
authors performed their experiments with a catalyst containing 15-17%
NiO supported on α-Al2O3. To formulate their models, both assumed
a Langmuir-Hinshelwood mechanism. Comparison of the capability
of the two kinetic models to describe experimental results obtained
with a specific reacting system operating at atmospheric pressure was
recently proposed [36]. It showed that the Hou and Hughes kinetics was
more suitable in predicting reactor performance in terms of methane
conversion on the reforming side being the other kinetics more
appropriate for describing results obtained with reactors operating at
high pressure. The limit of both models relies on the consideration that
they were obtained from results of experiments where a small amount
of hydrogen was fed together with the main reactants (CH4 and H2O)
to protect the catalyst from re-oxidation by steam, and/or to prevent
the formation of coke on the catalyst surface. Under real feeding
conditions, when the H2 stream is absent or almost negligible, the rate
of disappearance of methane calculated by the Xu-Froment kinetics
may be too high and generates an abrupt change of CH4 molar fraction
at the reactor inlet: such a variation is more pronounced with respect
to that predicted by the Hou-Hughes kinetics affecting the ability of the
model to correctly describe the experimental data [36].

Literature survey
The coupling of the Navier-Stokes equations with the energy and
mass balances wasconsideredto simulate the behaviour of several
reacting systems. They include the use of methane as fuel both for
the steam reforming and combustion reactions [36,38,45,51,67,89],
the dehydrogenation of ethane associated with the combustion of
methane [34] and the combustion of hydrogen coupled with the steam
reforming of methane [40]. Several modelling works dealing with the
methane steam reforming occurring in plate reactors are reported
in the literature [30,34,42,53,99,101,133]; additionally, Zanfir and
Gavriidilis [30] proposed a quite exhaustive study on the combination
of exothermic and endothermic reactions both from an experimental
and a modelling perspective.
Models simplification strategies: The coupling of the balance
equations reported in the previous paragraph may require intensive
computational resources and, therefore, simulations may require long
times to finish especially when applied to three-dimensional domains.
As suggested by Deutschmann [122] simplifications can be applied
by neglecting some terms in the transport equations when the fluid
behaviour can be described as parabolic (i.e., predominantly in one
direction) instead of elliptical. Under this circumstances (boundary-
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layer approximation) a laminar flow regime in 2D can be described
by a simplified form of the Navier-Stokes equations: in this case the
streamline component of the velocity field (u) strongly prevails on
the normal one (v) and the variations of u with respect to the stream
direction (x) result much lower than those respect to the normal
direction (y). Accordingly, the y component of the Navier-Stokes
equations can be neglected along with the spatial derivatives of u with
respect to the x direction [134-136].
The plug flow assumption is another way to simplify modelling
of flows in ducts: it neglects concentration and temperature gradients
in the radial direction and has been adopted in plate-type reactors
[42,99,101] to study the temperature profiles along the axis and in
reactor configurations including permeating selective membranes
[55,57,66,67,137]. However, a one-dimension approach may fail in
correctly predict the reactant conversion rates in systems where the
mass transport is the rate-limiting stage of the process [134]. In these
cases the use of 2D models wasshown to be beneficial [30,34,99];
furthermore, it has also the advantage to investigate the effect of
geometric parameter (such as the wall thickness and the channel
height) on the reactor performance and to substitute the calculation
of the heat and mass transfer coefficients with the direct resolution
of the fundamental transport equation [36-38,89]. However, Zanfir
and Gavriilidis [30] showed that a reactive system can be successfully
modelled considering a mixed dimensional approach: two dimensions
for describing variations occurring in the gas phase and in the solid walls
and one dimension to model the temperature change in the catalyst
layers, which due to their small thickness, were assumed isothermal in
the direction normal to that of the fluid stream.
When dealing with reactors formed by the coupling of repeated
units such as in the honeycomb-like structures a simplified approach,
which considers the modelling of only one of the channels by assuming
that all of them behave in the same way, can be used [51]. In the approach
of Mazumder and Sengupta [138] the issue related to the different
length scales characterizing the system was approached. Mass transport
inside the porous structure occurs at length scales orders of magnitude
smaller than the size of the system; therefore, the computational mesh,
which subdivides the domain where the chemical reactions occurred,
was much finer than that defined in the rest of the system. In this
way experimental data, obtained from full-scale catalytic converters
involving ignition of hydrogen-air mixtures and hydrogen-methane-air
mixture, were successfully reproduced by the model. Actually, the need
to define different meshes to describe the different physics involved in
a reactive system, which evolve at different length scales, is a procedure
currently adopted in modelling activity; this practice is favoured by
the use of the current computational software packages, which gives
the possibility to finely adjust and combine different meshes defined in
different parts of a system geometry [38]. A further simplified approach
is based on the consideration that the different physics occurring in
the same system may reach steady-state conditions in different times:
when, for instance, the time a system takes to reach steady temperature
profiles is much longer than the time needed to reach stationary flow
field profiles, a transient heat balance was combined with a steady-state
calculation of the Navier-Stokes equations [139,140].
In fixed bed reactors the ratio between the reactor width and the
pellet diameter becomes critic in defining the proper model to adopt.
In most of the situations such a ratio becomes sufficiently large that the
combination of a porous model, for the mass balance, and a momentum
equation, to provide the pressure drop (i.e. Ergun equation) along the
reactor, are sufficient to describe the system [3,6,7,12,103]. Accordingly,
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Abashar [103], used a direct configuration fixed-bed reactor formed
by the mixing of the two types of catalytic particles to investigate
the endothermic production of styrene from the dehydrogenation of
ethylbenzene coupled with the exothermic production of cyclohexane
from the hydrogenation of benzene. The dusty gas model was used
and the equilibrium of the endothermic reaction forming styrene was
shifted towards the formation of the product by the direct consumption
of the produced hydrogen in the exothermic reaction.
Boundary conditions: In setting the boundary conditions,
continuity in mass and energy transport is usually imposed between
contiguous computational domains. Difficulties may arise when it is
necessary to impose constraints at the external borders of the analyzed
system: for instance the temperature on the boundary. It is quite
recurrent the assumption of an adiabatic behaviour [51,55,57] of the
reactor or the establishment of an external flux exchanged with the
surrounding evaluated through specific transport coefficients. Such
simplifications were removed by Vaccaro et al. [36-38] who recently
proposed both 2D and 3D models for the predictions of performance
of systems under object. They assumed as boundary condition the
temperature profile over the external surfaces of the reactor, as obtained
by experimental measurements. The authors showed that in the case
of a non-adiabatic reactor a two-dimensional model, although much
less time-consuming, cannot describe with confidence the reactor
performance. This is possible under the assumption of adiabatic
operation since only in this case the 2D and 3D models yield practically
the same results [38].
Transient vs. steady-state behaviour: Modelling investigations
about transient and startup behaviour remain still limited
[37,45,100,139]. Transient may give rise to a peculiar behaviour of
the system whose modelling is often impracticable. Vaccaro et al. [37]
showed that for an experimental small scale catalytic plate reactor,
performing the coupling of methane steam reforming and combustion,
the temperature distributions within the system may register different
transients according to different areas of the reactor. In particular, the
authors experienced that the time took by the whole system to reach
thermal steady state conditions (about 100 min) was longer than the time
necessary to have a constant product distribution in the outlet stream
(about 40 min). The authors justified such a behaviour considering that
the conversion of the reactants was determined by the temperature of
the catalytic zone, which reached the steady temperature much faster
than the whole system.
Catalyst design: Information from predictive models revealed
to be very useful to know the temperature profiles inside plate and
microchannel reactors where the direct detection through the insertion
of temperature probes is limited due to the small dimensions [37].
Knowing how the temperature changes inside a reactor is essential in
order to properly design the catalyst shape and distribution. In microstructured reactors, where flow is mostly laminar [31,34,36,38,44,89],
directed, and highly symmetric, the catalytic material is arranged as
washcoat layers on the wall of the reactor channels. Several studies were
carried out to figure out the effect of the configuration of the washcoat
on theprocess rate [141-143] pointing out that its thickness may greatly
influence the rate of the mass transport and, then, the rate of the process
[143]. Such a consideration highlights the importance of considering
the diffusion of species inside the layer of solid catalyst [36,38,89]
without the approximation that the catalytic layer has zero thickness
and the reaction occurs only on the flat external surface [45,139]. On
the other hand, deep washcoats may result unnecessary. This aspect was
analyzed by Vaccaro and Ciambelli [89] who evaluated the influence
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of the catalyst thickness on the performance of a catalytic plate reactor
for methane steam reforming supported by methane combustion.
Results showed that for the typical characteristics of a catalyst layer
(i.e.: porosity, tortuosity, etc) a thickness beyond 50 μm resulted useless
being in both the oxidation and the reforming catalyst the reactants
concentration negligible at distances from the interface with the gas
phase higher than such a value.

Conclusions and Outlook
On the basis of the description of the relevant studies present
in the literature on the coupling of exothermic and endothermic
reactions within the same reactor, several considerations can be done.
First, generally, it is not possible to combine a priori a given reactor
configuration to a specific couple of exothermic and endothermic
reactions, even though particular cases verify. This because such
an association may depends on various variables. These include
the scale of the process, the final usage of the reaction products, the
desired purity of the products, often related to the previous item, the
operating conditions and if the main reactants for the exothermic
and the endothermic reactions are or not the same. Recuperative
and direct coupling offer different opportunities in this context; in
the first case numerous arrangements and designs are possible and
several advantages can be ascribed to the recuperative coupling due to
limited needs of products separation, the possibility to obtain carbon
free hydrogen (ammonia decomposition) even using hydrocarbons
for the exothermic reaction, insertion of a membrane to enhance the
productivity of a desired species and miniaturization possibilities. For
instance, significant efforts have been made in the field of the microreactor technology for the design of portable hydrogen generating
devices aiming to be manufactured and commercialized. However,
despite the advantages and the potential positive implications of the
reactions coupling to realize new apparatus or to revamp existing ones,
too limited are, nowadays, the real applications which adopt such a
technology.
Given the number of parameters affecting the reactor performance,
the information provided by a parametric study may be very useful
in supporting the individuation of the proper design and operating
conditions. Modelling represents a powerful tool to study the coupling
of exothermic and endothermic catalytic reactions and it is also very
useful to explore design details. It is able to accurately describe mixing
of species in a system and mass transport within the porous catalytic
structures. Complications, however, arise when both species transport
and chemical reactions with high heat of reaction occur simultaneously
in the porous solid phase. In this case the presence of generation
terms in the mass and energy balances makes strongly non-linear the
whole set of governing equations. This may induce instabilities in the
numerical calculation that can seriously hinder the possibility to get
reliable numerical solutions of the model equations set. This aspect still
deserves investigations.
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